Introduction
Perhaps the most common flow configuration in which a convective condensation occurs is a flow in a horizontal circular tube. This configuration is encountered in air-conditioning and refrigeration condensers as well as condensers in Rankine power cycles. Although a convective condensation is also sometimes contrived to occur in a co-current vertical downward flow, a horizontal flow is often preferred because the flow can be repeatedly passed through the heat exchanger core in a serpentine fashion without trapping liquid or vapor in the return bends. (Carey, 1992) Horizontal heat exchangers are also widely used in the nuclear industry. Recently, a horizontal heat exchanger design has been proposed for a passive containment cooling system (PCCS) of future light water reactors. Current PCCS designs typically employ a vertical condenser. The horizontal design is proposed because horizontal heat exchangers have a potentially higher heat removal capability than vertical heat exchangers. (Wu & Vierow, 2006b) As well as, horizontal heat exchangers have less tube fouling, higher structural earthquake resistance which will improve the reliability of the safety system, and a large economic benefit because the shorter coolant pool allows for reduction in the containment height and volume. In spite of these advantages, there is a lack of mechanistic understanding of the heat transfer and fluid flow phenomena occurring in the heat exchanger tubes. This is mainly due to the fact that the phenomena are more complicated compared to the case of vertical heat exchangers. In vertical tubes the phenomena is mainly laminar or turbulent film condensation, whereas in horizontal tubes, the phenomena is complicated by strong asymmetry and flow regime transitions, which causes transitions in heat and mass transfer mechanisms. There is also the need for mechanistic analysis tools that can assess condenser performance. (Wu, 2005) There were many investigations for the condensation phenomena inside horizontal tubes to study the horizontal heat exchangers. However, almost all of them obtained tube sectionaveraged data without a noncondensable gas. Recently, Wu and Vierow (2006a, 2006b ) studied experimentally the condensation of steam in a horizontal heat exchanger with air p r e s e n t , a s s h o w n i n F i g . 1 . I n o r d e r t o measure the condenser tube inner surface temperatures and to calculate the local heat fluxes, they developed an innovative thermocouple design that allowed for nonintrusive measurements. The experimental results show that the top of the condenser tube is a much better heat transfer surface. At any tube cross section with condensation, the local heat flux and heat transfer coefficient at the top part of the tube are higher than those at the bottom of the tube. This is mainly due to the thinner liquid film at the top of the tube. For this experiment conditions, the flow regime along most of the tube length are wavy flow and stratified flow, annular flow only exists at the inlet of the highest steam flow rate. Here, we developed a theoretical model using the heat and mass transfer analogy and the Rosson and Meyers (1965) correlation to analyze a steam condensation with a noncondensable gas in horizontal tubes. Furthermore, we applied an empirical correlation proposed by Lee and Kim (2008) for the vertical tube to estimate condensation heat transfer coefficient of steam/noncondensable gas mixture in a horizontal tube. Figure 2 depicts the problem under investigation schematically. The condensate film flows in the axial direction due to its initial momentum and interfacial shear. Due to the effect of gravity, the condensate film on the tube inner surface may run down the periphery of the tube and accumulate in the bottom of the tube. Since the liquid layer acts as a resistance to heat and mass transfer, it is important to know the two-phase geometric configuration in the tube cross section.
Theoretical model

Fig. 2. Horizontal co-current annular flow with condensation
It is assumed that the vapor entering the tube is saturated. The inside wall temperatures of the tube are T w,top and T w,bot , which are lower than the saturation temperature of the vapor. Therefore, condensation takes place on the wall surface. The vapor/noncondensable gas mixture has a given inlet bulk temperature T b , and a corresponding inlet concentration of the noncondensable gas W nc,b at the given pressure. At the liquid/gas interface, the temperatures T i,top and T i,bot , and the noncondensable gas mass fraction W nc,i,top and W nc,i,bot are unknown and must be determined from the analysis. The analysis of steam condensation in the presence of a noncondensable gas typically involves the heat balance at the liquid/gas interface. However, separate models for the condensate film and vapor/noncondensable gas mixture are linked and solved simultaneously for the heat and mass transfer rates. The heat transfer through the vapor/noncondensable gas mixture boundary layer consists of the sensible heat transfer and the latent heat transfer given up by the condensing vapor, and it must equal that from the condensate film to the tube wall. Therefore, we get
where h f is the film heat transfer coefficient, h c and h s are the condensation and sensible heat transfer coefficients in the gas mixture respectively. Then, the total heat transfer coefficient h tot is given by
To get the cross section-averaged heat transfer coefficient, a parameter β was defined as the fraction of the perimeter over which film condensation occurred, and correlated as a function of the liquid and vapor Reynolds numbers and also the ratio of gravitational force to the viscous force. The following correlations for β were suggested by Wu (2005) based on Rosson and Meyers (1965 
Condensate flow
For stratified flow with higher vapor velocity, the vapor shear will affect the drain of the liquid and also change the mode of heat transfer at the bottom of the tube through the liquid pool from conduction to forced convection. Rosson and Meyers (1965) measured a single point value of the heat transfer coefficient for stratified, wavy and slug flows for methanol and acetone at atmospheric pressure. By rotating the condenser tube, they measured the variation of the heat transfer coefficient continuously decreased from the top of the tube to the bottom of the tube. They proposed different heat transfer correlations for top and bottom side of the tube. For top side of the tube, the heat transfer is similar to that of Nusselt but the effect of vapor shear is included:
Here, the Re mix represents the effect of vapor shear. For the bottom of the tube, no noticeable dependency of the Nu on the temperature was observed. The heat transfer coefficient depended on the vapor and liquid flow rate. The von Karman analogy between momentum transfer and heat transfer was used to predict the heat transfer coefficient.
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Here the parameter Φ is the two-phase multiplier for viscous laminar liquid flow and turbulent vapor flow, as presented by the Martinelli parameter with C=12.
where we used Martinelli correlation as
Vapor/noncondensable gas mixture flow
In this study, a stratification of the noncondensable gas concentration in the gas phase was assumed to be negligible, so the heat and mass transfer mechanism at everywhere inside the horizontal tube can be considered same. And the heat and mass transfer analogy was used to analysis steam condensation with noncondensable air in horizontal tubes. Therefore, the sensible and latent heat transfer rates can be calculated simultaneously. The sensible heat transfer coefficient can be expressed as
and the condensation (or latent) heat transfer coefficient can be defined as
To find " cond m , the mass balance at the interface is calculated to yield the following equation:
As the condensate surface is impermeable to the noncondensable gases, we can think
Also, as the sum of vapor and noncondensable gas mass fractions is unit, we can derive 
where h m is the mass transfer coefficient. Eq. (17) can be recast as The modifications necessary to incorporate the condensate film roughness, developing flow, and suction effect on the heat and mass transfer involve modifying the Nusselt and Sherwood numbers, as discussed below.
Interface roughness
Film roughness increases the heat transfer from the gas phase by influencing the turbulence pattern close to the interface and disrupting the gaseous laminar sublayer. A method to consider the effect of a wavy surface was considered with the concept of the simple model of Kim and Corradini (1990) , which applies the mixing length theory presented by Kays and Crawford (1980) 
Here, the rough wall friction factor f r is calculated using Whalley and Hewitt correlation for pressures higher than 10 5 Pa as
Suction effect
In the vapor/noncondensable gas layer, the condensation process leads to thinning of the boundary layer, which is called the suction effect. This means that at the interface, the velocity component normal to the wall is not zero. Kays and Moffat obtained the following correlation for a boundary layer subject to suction experimentally: 
Using the analogy between heat and mass transfer, Eq. (25) can be written as
Combining Eqs. (18) and (26) 
where ω is the ratio of the noncondensable gas mass fraction in the bulk to that at the liquid/gas interface. And the noncondensable gas mass fractions in the bulk and the interface are given by the Gibbs-Dalton ideal gas mixture equation.
Developing flow
As most of the heat transfer takes place in the first part of the condenser tube, it may be important to consider the developing flow effect in the heat and mass transfer model. Therefore, the suggestion of Reynolds et al. (1969) 
Calculation procedure
The calculation commences at the tube inlet for which the inlet mixture temperature, inlet steam flow rate, inlet noncondensable gas flow rate, and total pressure are given. Here, the pressure drop through the condenser tube is assumed to be negligible. The inner wall temperature profiles on top and bottom of a horizontal tube are given as boundary conditions. The heat fluxes through the liquid film and mixture boundary layer are calculated separately with an assumed interface temperature. Iteration is needed to get reasonable heat transfer coefficients of h f , h c , and h s by modifying the interface temperature until the heat fluxes converge within a specified accuracy. The condensing tube is divided into axial control volumes of a specific size of 1 mm. The calculation procedure at each axial location of the tube is explained in Fig. 3 . 
Results and discussions
Figures 4-6 present the modelling results for Test No. 99. In this experimental case the inlet mixture Reynolds number was 42,102, inlet air mass fraction was 5.1 %, and the system pressure was 0.202 MPa. Figure 4 shows the distribution of the calculated local temperatures. Even though the bottom wall temperature is lower than the top wall temperature, the interface temperature at bottom is higher than that at top. Therefore, the temperature gradient through the liquid pool at the bottom side is larger than that through the liquid film at the top side. The reason is a thickness of the condensate film. Figure 5 shows the variation in the condensate film, condensation, and sensible heat transfer coefficients, as well as the total heat transfer coefficient. The sensible heat transfer coefficient is negligibly small. At the bottom of the horizontal tube, the condensation resistance defined as 1/h c is much smaller that the film resistance defined as 1/h f . This means that the film acts in a dominant role for heat transfer. So, it is very important to use elaborate film heat transfer models for the bottom side. At the top of it, the film heat transfer coefficient is large and comparative with the condensation heat transfer coefficient. Therefore, we should carefully consider the model for the steam/noncondensable gas mixture boundary layer for the top side. From this figure, we can see that the theoretical model slightly underestimates the experimental data at the top of the tube and over-predicts the data at the bottom of it. Figure 9 shows that a steam flow rate of Test No. 9 is well estimated, but that of Test No. 99 has some discrepancy between experimental data and modelling results. Specially, we can see almost all steam was condensed inside tube in experiment, but the steam still remains at the end of the tube in modelling due to under-estimated heat flux. Lee and Kim (2008a) proposed a new empirical correlation to estimate the condensation heat transfer coefficients of steam/noncondensable gas mixture in vertical tube. They found that the interfacial shear stress increases as the condenser tube diameter decreases for the same mixture Reynolds number and the condensation heat transfer coefficients also increase due to the interfacial shear stress. Because the effect of the interfacial shear stress was not sufficiently considered in previous empirical correlations using the Reynolds number, they could not estimate well various experimental data obtained from different condenser tube diameter. On the other hand, Lee and Kim (2008a) used the dimensionless shear stress and noncondensable gas mass fraction to develop a new correlation. They showed that the new correlation could predict the experimental data well with 17.5 ~ 27.5 % standard deviations irrespective of the condenser tube diameter as shown in Fig. 12 . In this study, we should keep in mind that the problem geometry is not a vertical tube but a horizontal tube, and the heat and mass transfer mechanism in the gas phase at everywhere inside the horizontal tube is already assumed same. Therefore, degradation factor will be same regardless of top or bottom. On the other hand, the film heat transfer mechanism at the top side is definitely different with that at the bottom side. At the top side, the condensate film is thin due to the effect of gravity and Chato (1962) 
Empirical correlation
The calculated heat transfer coefficient h exp,mix from Eq. (30) is the total heat transfer coefficient h tot in Eq. (2). Figure 13 shows that the predictions using the Lee and Kim's empirical correlation are very similar with the results from theoretical model except the bottom of Test No. 45. But, if we see Fig. 14, the shapes of steam flow rate are almost same between the theoretical model and the empirical model. So, we suggest the Lee and Kim's correlation to calculate the condensation heat transfer coefficients of steam/noncondensable gas mixture irrespective of not only the condenser tube diameter, but also orientation.
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Conclusion
A theoretical model is developed to investigate a steam condensation with a noncondensable gas in a horizontal tube using the heat and mass analogy. The total heat transfer coefficient is given by the film, condensation and sensible heat transfer coefficients. For stratified flow with high vapor velocity, the vapor shear will affect the drain of the liquid and also change the mode of heat transfer at the bottom of the tube through the liquid pool from conduction to forced convection. The film heat transfer coefficients of the upper and lower sides of the tube were calculated separately from Rosson and Meyers (1965) correlation. The heat and mass analogy was used to analysis the steam/noncondensable gas mixture boundary layer. Here, the Nusselt and Sherwood numbers in the gas phase were modified to incorporate the effects of condensate film roughness, suction, and developing flow. The theoretical model slightly underestimated the experimental heat transfer coefficients at the top of the tube. On the other hand, the model slightly over-predicted the data at the bottom of it. And the heat fluxes at the upper and lower sides of the tube were similar to each other. Generally speaking, the model predictions showed a good agreement with experimental data. The new empirical correlation proposed by Lee and Kim (2008) for the vertical tube was applied to the condensation of steam/noncondensable mixture in a horizontal tube. Nusselt theory and Chato correlation were used to calculate the heat transfer coefficients at top and bottom of the horizontal tube, respectively. The predictions of the new empirical correlation were good and very similar with the theoretical model.
